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A population balance (PB) model is used to describe the aggregation/breakage kinetics
of calcite flocculation in turbulent pipe flow. The model describes simultaneous aggre-
gation and breakage, and accounts for likely process variables: fluid shear, flocculant
dosage, primary particle size and solid fraction, using four fitted parameters. Particle
collision is described by the turbulent collision kernel of Saffman and Turner,’ however,
the capture efficiency (a) is initially set to equal zero until the point of flocculant addition,
then increases rapidly as described by an equation accounting for flocculant mixing/
adsorption. Particles aggregated by high-molecular weight polymer flocculant typically
do not achieve a steady-state aggregate size, where the rates of aggregation and breakage
are equal. Instead, the aggregate size decreases gradually due to polymer chain scission
or rearrangement on repeated aggregation/breakage. This phenomenon is accounted for
in the model by a flocculant strength degradation term. © 2006 American Institute of
Chemical Engineers AIChE J, 52: 1641-1653, 2006
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for particle collision:

A population balance is a mathematical model used to de-
scribe the change in a particle-size distribution through time.
Population balance models have been used to describe a wide
range of practical systems, for example: coagulation or floc-
culation, crystallization, size reduction in grinding mills, and
droplet coalescence in solvent extraction or flotation col-
umns.>3*> Smoluchowski®’ first proposed the population bal-
ance approach to flocculation kinetics modeling, and consid-
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differential settling, Brownian motion and fluid shear. It is
generally accepteds-'? that fluid shear is the dominant collision
mechanism in industrial-scale turbulent flow.

Smoluchowski®” considered the collision rate of particles of
differing size in laminar fluid flow, and proposed

4
sz = g 'Y(ai + aj)3 (D

where B;; = rate of collision between i and j sized particles
(aggregation kernel) (m” s™'); y = laminar shear rate, s~ '; g
= radius of i particle, m.
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Camp and Stein!3 substituted the term G = V®/pu, the
spatially averaged turbulent shear rate

4 |
Bij = g \/; (a; + aj)3 ()

where ® = energy dissipation rate per unit volume,
kg m~! s73; and w = fluid viscosity, N s m~ 2.

Camp and Stein’s assumptions were too simplistic, and have
been critiqued repeatedly.'#!7 However, Camp and Stein’s
kernel is still widely cited, because it is so similar to the more

rigorously derived kernel by Saffman and Turner!

B;=1.294 \E (a; + a)’ 3)

where € = local turbulent energy dissipation rate per unit mass,
m? s73; and v = kinematic viscosity, m? s,

Saffman and Turner’s kernel is based on various assump-
tions'#; the particles are small relative to the Kolmogoroff
microscale, they are neutrally buoyant and spherical, the tur-
bulence is isotropic and homogeneous, the aggregation is slow
and there are no hydrodynamic or colloidal interactions be-
tween particles. In highly turbulent flows, where the microscale
is small, the particles may be larger than the microscale and
inertial effects become important. In this case it is generally
thought>10-11.15.18,19 that the aggregation rate will be propor-
tional to & '3,

Despite the various restrictions noted above, Egs. 2 or 3 have
been widely used to describe practical systems®!!-20-30 although
the kernel is usually found to overestimate the actual aggrega-
tion rate, and a capture efficiency term («) is typically used to
account for the discrepancy. Colliding particles may be pre-
vented from adhering due to a variety of effects, such as
hydrodynamic!7-31:3233 or electrostatic®*3> repulsion. Floccu-
lant surface coverage may also play a part and various rela-
tionships have been proposed to describe the effect of floccu-
lant surface coverage on the capture efficiency.3¢-37-38

The population balance approach for solving the kernels was
first described by Smoluchowski” for aggregation only

dN, 1

k—1 ©
G =2 2 BN = 2 BN, “

i=1,i+j=k i=1
However, current population balance models for coagulation/
flocculation typically also have a capture efficiency term and

terms describing aggregate breakage?29-30-39:40.41

k=1

dN, 1 -
?:E E aBt_'/'NiN/'_ 2 aBikNiNk_Ska
i=1,i+j=k i=1
+ > TuSN, 6))

I=k+1

where N, = number of i sized particles, m ;¢ = time, s; a =
capture efficiency [0,1]; B;; = rate of collision between i and j
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sized particles (aggregation kernel), m* s '; S, = breakage rate
(kernel) of k™ sized particles, s '; I';, = breakage distribution
function (number of k size particles produced from the break-
age of a 1 sized particle).

Aggregate breakage has received less attention in the liter-
ature than aggregation, although there is still a reasonable body
of work in the area. Breakage kernel development has aimed to
resolve a number of issues: (1) the size and number of daughter
fragments, (2) the mechanism of breakage, fluid shear or col-
lisional breakage, (3) the relationship between the shear and
breakage rates, and (4) the breakage probability as a function of
aggregate size.

A common approach is to assume breakage gives two daugh-
ter aggregates of roughly the same size.>2+304243 However,
more fragments covering a range of sizes have also been
used.?3:29.304044-49 Erosion of small fragments, or even primary
particles, has also been suggested,3¢-50-5152 although this mech-
anism is less popular and is not well supported by experimental
distributions that generally show smooth bell-shaped distribu-
tions without additional peaks at small sizes.

The breakage rate is usually also taken to be a function of the
energy dissipation or shear rate. A higher shear rate typically
provides rapid initial mixing and faster initial aggregation, but
eventually results in smaller aggregates due to increased break-
age. This is a typical experimental result,?233-5455 and is usually
incorporated into the population balance by assuming

ep\”
S| — 6
’ (M) ©

where n is a higher exponent than in the aggregation kernel
(Eq. 3). That is, an increased shear rate increases both the
aggregation and breakage rates, but the breakage term is dom-
inant. Aggregation is usually taken as being directly propor-
tional to €%° (for example, Eq. 3), and n is typically29-30-56
0.5-1.

The probability of breakage increases with size and is fre-
quently?9-30-47.56:57 taken to be simply directly proportional to
the aggregate diameter. Other more complex relationships have
also been proposed, sometimes as a function of the aggregate
size in relation to the Kolmogorov microscale.3-38-5

Despite the body of work already published in this area, few
population balance models simultaneously account for changes
to the process variables encountered in practice in mineral
processing thickeners/clarifiers (fluid shear rate, flocculant dos-
age, primary particle size, solid fraction). In addition, most
models are written to describe coagulation using soluble salts,
where aggregate breakage is reversible. The model presented in
this article is specific for flocculation with high-molecular-
weight polymer flocculants, as widely used in the mineral pro-
cessing industry, and accounts for the (partially) irreversible ag-
gregate breakage due to polymer chain scission or rearrangement.

Experimental

Full experimental details of the data presented in this article
have been published previously®® and only a brief summary is
given here.

Calcite (calcium carbonate, Commercial Minerals) of vari-
ous grades and solid concentrations was flocculated with a
commercial 30% anionic high-molecular-weight polymer
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Table 1. Matrix of Pipe Reactor Experimental Runs

Pipe ID  Flow Velocity ~ Solid ¢ Mean d,, Floc. Dose

Run No.  (m) ms™ b m*m~3)  (um) (gt
1 0.0254 0.461 0.0369 6.59 20.0
2 0.0254 0.461 0.0369 6.59 40.0
3 0.0254 0.461 0.0369 6.59 10.0
4 0.0254 0.461 0.0369 6.59 80.0
5 0.0254 0.461 0.0369 6.59 5.0
6 0.0254 0.461 0.0246 6.59 20.0
7 0.0254 0.461 0.0615 6.59 20.0
8 0.0254 0.461 0.0123 6.59 20.0
9 0.0254 0.461 0.0492 6.59 20.0

10 0.0254 0.781 0.0369 6.59 20.0
11 0.0254 1.294 0.0369 6.59 20.0
12 0.0381 0.554 0.0369 6.59 20.0
13 0.0381 0.343 0.0369 6.59 20.0
14 0.0381 0.207 0.0369 6.59 20.0
15 0.0254 0.461 0.0369 15.08 20.0
16 0.0254 0.461 0.0369 2.36 20.0
17 0.0254 0.461 0.0369 3.47 20.0
18 0.0254 0.461 0.0369 24.26 20.0
19 0.0254 0.461 0.0246 15.08 20.0
20 0.0254 0.781 0.0369 6.59 40.0
21 0.0381 0.343 0.0369 6.59 10.0
22 0.0381 0.343 0.0246 6.59 20.0

(Nalco 9902) in turbulent pipe flow. A range of pipe sizes and
flow rates were used to give a range of turbulent shear rates.
The pressure drop along the pipe was measured by manometer,
allowing the calculation of the shear rate and suspension vis-
cosity. The mean flocculation residence time was varied by
changing the length of pipe between the flocculant injection
nipple in the side of the pipe, and an online particle-sizing
probe (Lasentec® FBRM¢') placed in-stream at the end of the
pipe.

The experimental campaign was according to a sparse matrix
of runs (Table 1), with each of the four process variables (fluid
shear, flocculant dosage, primary particle size and solid frac-
tion) varied in turn away from a common baseline. Each run
consisted of aggregate size measurements at a dozen different
pipe lengths (mean residence times), giving a time profile for
each set of conditions. Additional runs (runs #19 to 22) were
performed in the gaps of the experimental matrix, by varying
two of the process conditions simultaneously. The data from
these runs were not used for model development or parameter
estimation, but were used to test the predictive capability of the
final model.

Model development
Aggregation
The population balance used here is based on the successful

balance described by Hounslow et al.®? and Spicer and Pratsi-
nis3°

i-2
. 1
=> 27 aB NN, + 2 aBi 1N

Jj=1

dN;,
dt

i—1 o o
=N, 2 27aB N, = N, 2 aB N — SN+ 2 TSN,

j=1 j=i j=i
)
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The particle collision rate is given by the turbulent collision
kernel of Saffman and Turner' (Eq. 3). Before flocculant ad-
dition, the primary particles are taken to be well dispersed as a
stable suspension, although in many systems the primary par-
ticles may naturally coagulate to some extent due to a low-zeta
potential. However, no large stable aggregates are formed at
this stage, despite their collision in the turbulent flow. In the
current system calcite particles are repelled by electrostatic
repulsion,'7-63-64 and the effective capture efficiency () is
taken to be zero. Alternatively, every collision could be con-
sidered to be successful (« = 1), but with the breakage rate
equal to the collision rate. Both methods were tried during
model construction, but the former gave a simpler and more
stable model and a better fit to the experimental data.

After the addition of flocculant, the aggregation rate exceeds
the breakage rate, producing the increase in the aggregate size
shown in Figure 1. In this case, the capture efficiency must be
greater than zero, however, if the capture efficiency is set to
unity immediately on flocculant addition, Eq. 3 considerably
overestimates the aggregation rate compared to the experimen-
tal data. This is a common finding,8!!-12:21,22,23,25,.26:41,65-72 ap(
the capture efficiency is frequently taken to be in the range
0.0001-0.5. In this case, if the capture efficiency was set to a
constant value after flocculant addition, it had to be relatively
small (~0.06) to give a reasonable fit to the data, suggesting
that particle collision (Eq. 3) was not the rate-limiting step.
Alternatively, the capture efficiency was taken to increase
rapidly after flocculant addition (Eqgs. 8 — 10), reflecting the
mixing/adsorption time required for the polymer to reach the
particle surface.

The mixing and adsorption behavior of polymer flocculants
is complex and poorly described, although there is general
agreement that adsorption is rapid under normal industrial
conditions,”377 and that the bulk mixing of the flocculant and
feed streams is rate limiting. This effect is likely to be highly
scale-dependent, but its importance is evidenced by the com-
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Figure 1. Modeled (lines) and experimental (dots)
change in mean aggregate size under different
pipe flow conditions.

At the lowest shear rate (open circles) solid settling was
observed in the pipe, and these data should be interpreted with
caution. Other conditions as per baseline.
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Figure 2. Variation in modeled mixing index with time
under different flow conditions.

plexity of commercial feedwells, containing various design
elements’37°80 to produce efficient flocculant mixing.
Mixing is usually described in terms of a mixing index3!-82.83

M=1-— ®)

However, experimental data for Eq. 8 is generally unavailable,
and alternatively Etchells and Short®? suggest for turbulent pipe
flow

(o
_ e—k. LD (9)
O-()

where k;, = constant, ~ 0.5%2 (fitted parameter # 1); f = pipe
friction factor (Eq. 13); L = pipe length, m; and D = pipe
diameter, m.

Combining Eqs. 8 and 9 gives

a~M=1— kP (10)

Equation 10 rapidly approaches unity (complete flocculant
mixing/adsorption) by L ~ 100 pipe dia. (Figure 2). The
capture efficiency is also taken to approach unity at this point,
independent of the flocculant dosage. In reality, the capture
efficiency may never reach unity, and may vary as a function of
the flocculant dosage.3%-37-38 However, the approach taken here
was to make the population balance dosage dependent via the
breakage kernels (next section, Eq. 21) reflecting an increase in
aggregate strength with flocculant dosage.843> Both approaches
were tried during model construction, but making the breakage
kernel (rather than the capture efficiency) dosage dependent
gave a better fit with the experimental data.

Equation 10 is a reasonably crude approximation of the
overall mixing/adsorption process and further work is required
to better describe these effects. When the flocculant mixing/
adsorption process is better understood it should be possible to
further refine the capture efficiency term by including the
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effects of flocculant surface coverage and/or the hydrodynamic
effect.

It would have been preferable to begin the experimental and
model with the flocculant already well mixed, however, this is
not possible with polymer flocculants. Studies of aggregation
using salt coagulants can be performed?®® by adding coagulant
to a stirred tank with a high-impeller speed to mix the coagu-
lant and disperse the primary particles. The stirrer may then be
turned down to give the appropriate shear rate and aggregation
allowed to begin. However, this approach is not possible with
fragile polymer flocculants and any initial rapid stirring results
in irreversible polymer degradation.

Aggregation kernels for turbulent flow are usually written in
terms of the mean shear rate (G)

ep; 12
G=|—7 11
() o

The dissipation rate (¢) for turbulent pipe flow7°-86.87.88

_w

D (12)

&€

and, for turbulent pipe flow in smooth pipes, the friction factor
(f) is given by the Blasius® equation

0.0791
T Re™ (13

The slurry density (p,) is readily calculated from experimental
data given the solid fraction (¢) and the solid density (p,)

pr=pd + p(1 = ) (14)

leaving the viscosity (u) the only unknown in Eq. 11. The
increase in fluid viscosity with solid fraction was described by
Einstein® using the first terms of a series expansion in the form

where w, = viscosity of suspension, N s m ?; w, = fluid
viscosity (no solid), N s m~ 2 K, = constant = 2.5; and ¢ =
solid fraction [0,1].

Equation 15 is only correct for very dilute solutions, and
various alternative equations®’-°! have been proposed for higher
solid fractions by adding additional terms.

For suspensions of very high-solid fraction the viscosity is
typically given as a function of the maximum solid fraction in

the forms7:9!
d) —k
m=m@—; (16)

where ¢,, = maximum solid fraction; k =~ 2; u, = suspension
viscosity, N s m- % W, = viscosity of water, 1.02 X 1073N's
m™ > at 20 °C.

The maximum solid volume fraction is typically®>-> taken as
0.6 — 0.7. At this point the particles are taken to be in close
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contact and form a continuous network that resists shear,
causing the viscosity to rise exponentially.

The effective solid fraction will be higher than the actual
solid fraction because the aggregates are porous, incorporating
fluid into the structure and increasing the enclosed volume,
and, hence, the suspension viscosity.3>% The effective volume
fraction (¢, is described by fractal geometry?+55.68.96.97

Ps
b= d)( ) a7
pagg
where ¢, = actual suspension solid volume fraction [0,1]; p =
density of the solid, calcite = 2710 kg m *; and Page =
effective aggregate density (kg m ), given by
dugg) D=3
Page = P;( (18)
88 dp

where d,,, = diameter of aggregate, m; d,, = primary particle
diameter, m; and D, = mass-diameter fractal dimension. Sub-

stituting and using mean sizes gives

d)e/] (dagg) 3D/) B
S ]l —— = 1
Ky P«o( b, \ 7 19)

P

In this case the maximum packing fraction (¢,,, = 0.65) and
exponent (k = 2) are effectively model parameters estimated
from the literature. During model construction ¢, was initially
treated as a fitted parameter [0.6, 0.7], however, the model was
surprisingly insensitive to ¢, over that range, and was subse-
quently fixed at an intermediate value of 0.65, removing a
degree of freedom. The fractal dimension (2.4) was estimated
from the hindered settling data and will be discussed in a future
article.

Aggregate breakage

Aggregate breakage is described by the final two terms in the
population balance (Eq. 7). Breakage is taken to be binary,
producing two equal sized daughter fragments, which is a
common modeling approach.324304243 In the case of the pop-
ulation balance used here (Eq. 7), the method of discretization
is relatively coarse with the aggregate mass doubling every
channel®? in an effort to reduce the number of size fractions and
equations. Because of this, most of the particles in a distributed
breakage function® will naturally appear in the next smallest
size range anyway, unless the distribution is very broad, or the
number of fragments is assumed to be > 2. In the case of a
broad distribution, problems may arise unless the distribution is
truncated so that the daughter fragments must be smaller than
the parent aggregate.

Equation 6 suggests (note Eq. 11) that the breakage rate is
decreased as a function of viscosity, although some workers
have suggested the more intuitive response that the breakage
will increase with the viscosity.*!->® In most cases the form of
Eq. 6 has been successful, because most previous studies have
focused on coagulation in water treatment plants or river
estuaries which are characterized by a low-solid fraction,
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where the viscosity is essentially unchanged from pure wa-
ter.24,29,30,98.99,100

However, feedstreams to thickener units used in mineral
processing have a considerably higher solid volume fraction,
typically in the percent range.’8791°! Hence, in this case the
breakage rate was initially considered to be o« &"u* where .,
the viscosity, is given by Eq. 19. During model construction,
parameter estimation (see next section) repeatedly gave n =
0.7 £ 0.1, and z = 1 * 0.05. The value of ~ 0.7 is similar to
other studies,?*-30-5¢ while z was set to unity, removing a degree
of freedom from the model.

Flocculant dosage dependency is also introduced into the
breakage kernel to account for the formation of larger aggre-
gates at higher dosages (Figure 8). The dosage is expressed as
a surface coverage (6;) on a mass/area basis calculated from the
experimental addition rate and measured particle surface area

0, = Am—jM(l - 0) (20)

and the breakage kernel is

kebud,,,;
_ 2 1% 88, d

S i 6/' agg

>d,=0  dg=d, (1)

agg

where 0, = effective flocculant surface coverage, kg m %k, =
fitted parameter # 2; k; = fitted parameter # 3; M = mixing
index given by Eq. 10; m, = mass of flocculant, kg; A; =
surface area of solid, m?; and ® = flocculant degradation [0,1]
(Eq. 22).

Studies of coagulation typically show an initial increase in
the aggregate size after coagulant addition, followed by the
attainment of a stable steady-state size.?*29-3%-55 However, poly-
mer flocculants do not give a steady-state size except if floc-
culation occurs primarily through surface charge neutraliza-
tion. Aggregation by polymer bridging typically results in a
decreased aggregate size on extended shearing due to floccu-
lant degradation through carbon chain scission or rearrange-
ment. 54,74,102,103,104,105

Polymer flocculant degradation can be incorporated into the
model with a decreasing capture efficiency,!®® or by an in-
creased breakage rate via a weaker aggregate. The latter ap-
proach was taken here, keeping the terms together in the
breakage kernel

de (;be 173
== k@’“/uqu(l - @(f) ) (22)

Initially the flocculant degradation is zero, that is, ® = 0 at
t=0.

The rate of polymer degradation is taken to be a function of
the breakage rate, although additional solid fraction depen-
dence was required to achieve an acceptable fit with the data.
The dimensionless term (/)" is introduced to prevent the
polymer becoming completely degraded. The term can be
replaced by =~ 2 (allowing 50% degradation) giving only a
slight increase in the residual. However, the term used has the
additional advantage that it collapses to 1 (complete degrada-
tion) under unfavorable conditions (that is, extreme shear),
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allowing the aggregate-size distribution to eventually return to
the primary particle size.

The physical interpretation of this effect is not clear, and
could be taken as evidence of flocculation by surface charge
neutralization. However, in this case an anionic polymer was
used and the calcite surface is predominantly negatively
charged.'”’” Adsorption is via the neutrally charged amide
groups on the polymer and the neutral sites on the particle
surface. Alternatively, the effect could be taken as evidence
that the flocculant binding together the core of aggregates is not
significantly degraded, because the aggregates are not broken
down to that extent. The polymer degradation would then be
expected to be a function of the aggregate surface area, volume,
packing efficiency, and so on. The term used is entirely em-
pirical at this stage, although it is in a similar form to that used
by Strenge®? to describe the mean distance between particles in
the aggregate.

Fitting the model to experimental data

The population balance model described above contains 4 fitted
parameters (Egs. 10, 21 and 22) that are estimated from the
experimental size data®® using a conventional sum-of-squares
minimization

E (Zlagg,PB - Zlagg,Exp)2 (23)

G.d.dp,0.1

min y =
ki,ka,k3,ka

Where k, = fitted parameters; G = spatially averaged shear
rate, s '; ¢ = solid fraction, m®> m>; @ = flocculant surface
coverage, kg m~%; d, = primary particle size, m; d,,,pp =
modeled (PB = population balance) mean aggregate size, m;
dyge. Exp = experimental (FBRM) mean aggregate size, m; and
t = time, s.

The population balance models the aggregate-size distribu-
tion through time. From this the volume-weighted mean ag-
gregate diameter is calculated by

Ei Nld?
uge = > . Nd?

(24)

The predicted mean sizes are then compared to the experimen-
tal results at the corresponding time instants for each of the
pipe reactor runs (Eq. 23), with the parameters varied to give
the best fit.

Simulations and parameter estimation were performed using
gPROMS®, a commercial UNIX® based dynamic simulation
package, running on a SUN Enterprise 3,000 mainframe. Indi-
vidual simulations took in the order of 10 s to run, while
parameter estimation using the 17 available data sets took
several hours.

The fitted parameters are used to fit the model to the exper-
imental data, with the parameters adjusting various aspects of
the model behavior. The first parameter (k,) alters the initial
flocculant/suspension mixing rate in the pipe, changing the
capture efficiency and hence the initial rate of aggregation. The
fitted value of 0.343 compares favorably with the literature®?
value of 0.5. However, in its current form the mixing equation
(Eq. 10) only describes mixing in turbulent pipe flow, and
requires modification for other systems.

1646 DOI 10.1002/aic
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Table 2. Matrix of Pipe Reactor Experimental Results

Susp.
Viscosity ~ Density e G
RunNo. Nsm™2) (kgm™>) Re (@m?>s?) (s f
1 0.0024 1063 5291 0.071 180  0.0093
2 0.0165 1063 752 0.116 86 0.0151
3 0.0016 1063 7681 0.065 207  0.0084
4 0.0509 1063 245 0.154 57 0.0200
5 0.0014 1063 8759 0.063 217 0.0082
6 0.0018 1042 6821 0.067 198  0.0087
7 0.0030 1105 4294 0.075 166 0.0098
8 0.0015 1021 8222 0.064 212 0.0083
9 0.0027 1084 4637 0.074 171 0.0096
10 0.0015 1063 13700 0.274 435 0.0073
11 0.0012 1063 28173 1.039 944 0.0061
12 0.0019 1063 11736 0.068 194 0.0076
13 0.0330 1063 421 0.037 34  0.0174
14 0.1675 1063 50 0.014 9  0.0297
15 0.0058 1063 2158 0.089 128  0.0116
16 0.0019 1063 6478 0.068 194 0.0088
17 0.0016 1063 7996 0.064 210 0.0084
18 0.0101 1063 1237 0.103 104 0.0133
19 0.0028 1042 4307 0.075 166  0.0098
20 0.0012 1063 16934 0.260 471 0.0069
21 0.0029 1063 4715 0.020 85 0.0095
22 0.0136 1042 1000 0.030 48 0.0140

The second model parameter (k,) scales the breakage rate,
and is likely to be a complex function of the various factors
affecting the aggregate strength. For example, the flocculant/
particle surface bonding chemistry, the flocculant molecular
weight, the presence of coagulating salts (if any), or the pri-
mary particle packing structure within the aggregate.

The third fitted parameter (k;) alters the effect of the energy
dissipation rate on the final aggregate size, producing a smaller
aggregate at higher shear rates as described above. The final
parameter (k,) sets the rate of polymer degradation at extended
residence times. Due to the complex interrelated nature of the
population balance equations and the fact that aggregation and
breakage occur simultaneously the parameters are somewhat
interactive, with any deficiencies in the model effectively ac-
commodated elsewhere in the model. However, the model was
found to be robust, converging to the same parameter values
from a range of initial estimates.

Comparison with Experimental Data
Effect of flow regime (shear rate)

Figure 1 compares the modeled and experimental®® mean
aggregate size data for calcite under various flow conditions. A
combination of pipe sizes (25.4 or 38.1 mm ID) and flow rates
gave different fluid shear rates. A higher mean fluid shear
results in a rapid initial aggregation rate, but ultimately leads to
a smaller mean aggregate size due to increased breakage. The
population balance model (lines) follows the same trends due
to the interplay between various factors. At a higher shear rate
the flocculant mixing (Eq. 10, Figure 2) and particle collision
(Eq. 3) rates are higher, resulting in a higher initial aggregation
rate. However, a higher energy dissipation rate also increases
the breakage (Eq. 21) and polymer degradation (Eq. 22) rates,
resulting in a smaller average aggregate size later in the reac-
tion.

Table 2 shows a summary of the experimental results for
viscosity, mean shear rate, friction factor, pipe Reynolds num-

May 2006 Vol. 52, No. 5 AIChE Journal



100
£
G
S 75
=
[T
E
)
©
o 50 A
=
©
(o)}
)
P
>
S 251
c
@©
]
=

0 T T T T

0.00 0.02 0.04 0.06 0.08 0.10
Flocculant concentration (% w/v)

Figure 3. Effect of flocculant stream dilution on the
measured aggregate size for a fixed (short)
length of pipe, giving a mean residence time of
3 s, see Figure 1: 38.1 mm ID pipe, 0.34 m s~
mean flow velocity.

ber, and so on, for all of the experimental runs, as outlined in
Table 1, with the corresponding aggregate size data described
in subsequent sections. In some cases the aggregated suspen-
sions were observed to stratify/settle in the pipe reactor, lead-
ing to uncertainties in the solid fraction and average residence
time, correspondingly shown in italics in Table 2, and these
results should be interpreted with caution.

Figure 2 shows the modeled flocculant/suspension mixing
index (M, Eq. 10) as a function of time and the flow regime,
allowing an estimation of the capture efficiency («), which is
also taken to approach 1 when the flocculant becomes well
mixed. The actual capture efficiency may be lower than 1,
although the real value is unknown and any discrepancy is
effectively compensated by the breakage kernel.

Figures 1 and 2 suggest that the initial aggregation rate is
limited by flocculant/suspension mixing, rather than the particle
collision rate (Eq. 3). This is supported by experimental evidence
where the mixing was changed, either by flocculant dilution or by
changing the flocculant injection velocity by changing the injec-
tion nipple size. Figure 3 shows the increase in the aggregate size
with flocculant dilution with a fixed length of short pipe (1 m)
(compare Figure 1, 38.1 mm ID, 0.55 m s '). Using a short length
of pipe and gentle shear rate allowed the particle size measure-
ment to be taken where the aggregate size was still increasing
rapidly and was likely to be influenced by the mixing condition.
The overall dosage was maintained at 20 g t~', but a dilute
flocculant stream produced better mixing due to a higher floccu-
lant stream flow, and lower viscosity.

Increasing the flocculant injection velocity by changing the
inlet nipple diameter (not shown) gave a similar result, with a
smaller inlet nipple increasing the flocculant stream momen-
tum, the turbulence at the injection point, producing an in-
creased aggregate size at short residence times. In all cases the
flocculant stream was minor (0.25-2%) compared to the main
slurry flow in the pipe reactor.
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Figure 4 shows the variation in the modeled fluid viscosity
under the conditions described by Figure 1. The fluid viscosity
(Eq. 19) is taken to be a function of the effective solid fraction
(Eq. 16), including aggregate porosity using fractal geometry.
Since aggregates become increasingly porous as they increase
in size, the total enclosed volume of the aggregates also in-
creases, leading to a higher effective solid fraction, and, hence,
fluid viscosity.!0+108 This effectively prevents gelation, where
the aggregates might grow to the point where they fill the
container, because as the effective solid fraction approaches the
maximum (¢,,), the viscosity tends toward infinity (Eq. 19).
This leads to an increased pressure drop (as measured by the
manometer), and an increased energy dissipation rate (the flow
velocity is fixed via a positive displacement pump), and hence
an increased breakage rate (Equation 21).

Since the fluid viscosity (Figure 4) is dependent on the
aggregate size, various other fluid parameters (shear rate, fric-
tion factor, Reynolds number) also change and are calculated
within the population balance. The use of manometers during
the experimental®® allowed experimental estimates of the same
fluid properties, with the predicted and experimental average
shear rates compared in Figure 5. These fluid parameters are
described using standard pipe flow equations (Egs. 12-13)
incorporating the effect of solid fraction on the suspension
viscosity (Egs. 16—19), achieving an acceptable fit to the data
(Figure 5) without the need for any additional fitted parameters.

Figure 6 shows the population balance correctly conserved
mass through time according to

Nm;
Ps

b=

i

(25)

where p, = density of the solid, 2710 kg m~3; m; = mass of i
aggregate, kg; and N, = number of i aggregates, m >, Al-
though conservation of mass does not guarantee that the pop-
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ulation balance is working correctly, it is simple to check and
picks up gross coding and numerical errors that frequently
result in the model gaining or losing mass.

Aggregation with polymer flocculant typically results in
partially irreversible breakage, manifesting as a gentle reduc-
tion in the aggregate size after an initial peak as the polymer
becomes degraded.’* Figure 7 shows the extent of flocculant
degradation predicted by the model under various flow condi-
tions. Due to the incorporation of the (¢ ;/p,)'"> term in Eq. 22,
the degradation tends toward a value of less than 1 (where 1
would represent complete degradation). This improves the fit
with the experimental data, and is rationalized on the basis that
the repeated aggregation/breakage process will not affect floc-
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Figure 6. Variation in the modeled absolute mass frac-

tion under different flow regimes: conservation
of mass.
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culant binding the core of aggregates, because the aggregates
are not broken down to that extent. However, if the flow
conditions are very aggressive, aggregation will only proceed
to a limited extent and ¢.; — ¢, therefore, the flocculant
could be completely degraded. Such a situation is clearly
undesirable industrially, but may occur around feed entry
points or baffles with high-local shear rates.

Effect of flocculant dosage

Figure 8 shows the predicted and experimental mean aggre-
gate sizes as a function of time and flocculant dosage. The
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Figure 8. Modeled (lines) and experimental (dots)
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flocculant dosage: other conditions as per
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dosage does not affect the aggregation term in the population
balance and the capture efficiency is taken to approach 1 as the
flocculant/suspension mixing becomes complete, regardless of
the actual flocculant dosage. However, flocculant dosage is
incorporated into the breakage kernel of the population balance
(Eq. 21), where a higher dosage leads to a stronger aggregate,
a decreased breakage rate, and, hence, larger aggregates. The
flocculant dosage is known experimentally on a mass basis, but
is incorporated into the population balance as a surface cover-
age, that is, kg (floccuant) per m? (solid) (Eq. 20). The surface
area of the primary particles was calculated from the particle
size measured by laser diffraction (Malvern Mastersizer) since
this was more likely representation of the area assessable to
flocculant than that determined by BET (which includes inter-
nal pore related surface area). Hence, the effective surface
coverage also depends on the primary particle size (Figure 9).
Higher dosages were also tried, but resulted in stratification/
settling in the pipe reactor, leading to uncertainty in the solid
fraction and residence time. Both the model and experimental
results gave larger aggregates at higher dosages, although the
data match was poor (not shown). At extremely high-flocculant
dosages there is data to suggest30-92.10 that the aggregate size
can be reduced by steric restabilization as the particle surface
becomes completely covered, although it is unlikely that such
a high dosage would be reached in industrial applications.!03

Effect of primary particle size

The primary particle-size distribution is also likely to be a
process variable, depending on the feed (milling, crystalliza-
tion, ore, for example). This effect was incorporated into the
population balance model by assuming that the aggregate
breakage rate is a function (Eq. 21) of the effective flocculant
surface coverage. That is, a larger primary particle, with a
smaller effective surface area (per unit mass) has a higher
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coverage, a higher strength, and, hence, results in larger aggre-
gates (Figure 9).

Figure 9 shows that using the effective flocculant dosage
gives the correct model response with respect to primary par-
ticle size, although the modeled size underestimates the exper-
imental data for small primary particles. An alternative particle
surface area measurement (BET) was also tried, giving similar
results, but no improvement in the fit. Although the discrep-
ancy is clearly noticeable to the eye, the residual error is
comparatively minor and did not justify the addition of a
further fitted parameter.

Alternatively, the aggregate strength could be considered to
be a function of the packing efficiency within the aggre-
gate,'”7> which would change with primary particle size ac-
cording to Eq. 18. Attempts were made along these lines during
model construction, but ultimately did not fit the experimental
data as well as relating the aggregate strength to the flocculant
surface coverage. The latter also gave a simpler model.

Effect of solid fraction

The solid fraction is also a process variable and can be
altered in some processes by overflow or underflow recycle.”
Figure 10 shows a comparison between model and experimen-
tal mean aggregate sizes as a function of time and solid frac-
tion. The reduction in aggregate size with solid fraction might
be somewhat unexpected, given that aggregation (Eq. 4) is
usually taken as second-order with respect to particle number,
whereas breakage is taken as first-order (Eq. 5). However, by
making the modeled breakage rate a function of viscosity
(Figure 11) and the energy dissipation rate (which also in-
creases with the viscosity; Equations 16—19), the breakage rate
was increased at high-solid fraction, producing the desired
reduction in the aggregate size (Figure 10). In addition, an
increased solid fraction gives a reduced shear rate further
reducing the aggregation rate. At relatively high-solids concen-
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trations a reduction in aggregate size with increased solid
fraction has been observed elsewhere.*0:104

At very low-solid fraction (< 3% w/v), the viscosity ap-
proaches that of pure water, and the model predicts a reduction
in aggregate size as the solid fraction is further decreased due
to the difference in the order of the aggregation and breakage
kernels. The increase in aggregate size with increased solid
fraction has been observed previously in studies at very low-
solid fraction.!0-110.111 T ower solid fractions were not investi-
gated here due to the difficulty of measuring the hindered
settling velocity (the subject of a latter article) at low-solid
fraction where the mudline is no longer distinct, and the set-
tling rate is rapid.

Additional runs to check model predictive capability

Figures 1, 8, 9 and 10 show results from a sparse matrix of
experimental pipe reactor runs performed using the baseline as
the central point, and varying the process variables (fluid shear,
flocculant dosage, solid fraction, primary particle size) inde-
pendently away from that the center. However, additional
experimental runs were performed in the gaps of the matrix, by
changing two process variables simultaneously. These were not
included in the parameter estimation for the population bal-
ance, but were used to assess the predictive capability of the
model (Figure 12). The predictions appear reasonable, except
for the latter stages of the 15.1 wum, 6.67% w/v run. This
appears to be due to the effect of the primary particle size,
which shows some deviation from the experimental values (see
Figure 9).

Conclusions

A population balance model has been developed to describe
the kinetics of aggregation/breakage of calcite particles floc-
culated with high-molecular-weight flocculant in turbulent
flow. In addition to the effect of fluid shear normally incorpo-
rated into population balance models of aggregation, the model
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accounts for the important full-scale process variables, namely:
flocculant dosage, primary particle size and solid fraction,
representing a significant advance on the population balance
models that have been described in the literature.

The population balance is based on the successful model
proposed by Hounslow et al.®?, later modified to incorporate
aggregate breakage by Spicer and Pratsinis.’® Saffman and
Turner’s! collision kernel is used in conjunction with a capture
efficiency (o) term, based on the degree of flocculant/suspen-
sion mixing. This accounts for the stability of the suspension
before flocculant addition, and prevents the overestimation of
the aggregation rate during the initial mixing period.

The breakage kernel is a function of the mean energy dissi-
pation rate, suspension viscosity and aggregate diameter. Floc-
culant dosage dependence is also incorporated into the break-
age term, with a higher dosage increasing the aggregate
strength, leading to a reduced breakage rate and ultimately a
larger aggregate size. The partial nonreversibility of polymer
aggregate breakage is included with a decay term that accounts
for the flocculant degradation due to repeated aggregation/
breakage.

The effects of aggregate porosity are incorporated by the use
of fractal geometry, increasing both the effective capture radii
and the effective solid fraction. The increase in the suspension
viscosity with solid volume fraction is also incorporated, and
results in changes in the energy dissipation rate, fluid shear,
pipe friction factor and Reynolds number. The inclusion of
these additional terms allow the population balance to describe
aggregation and breakage kinetics in suspensions of high-solid
fraction as found in mineral processing thickeners.
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Notation

A, = surface area of solid, m?

a, = radius of i™ particle, m

D = pipe diameter, m

D, = mass-diameter fractal dimension

d,,, = diameter of aggregate, m

= experimental (FBRM) mean aggregate diameter, m
= modeled (PB = population balance) mean aggregate diameter,
m
d, = primary particle diameter, m
f = pipe friction factor, dimensionless
G = spatially averaged mean shear rate, s~
k ~ 2, Eq. 16, dimensionless
k, = fitted parameter # 1 = 0.3431
k, = fitted parameter # 2 = 38.1
ky = fitted parameter # 3 = 0.677
k, = fitted parameter # 4 = 1224
K, = Einstein’s constant = 2.5
L = pipe length, m
M = mixing index, [0,1]
m, = mass of flocculant, kg
m; = mass of i aggregate, kg
N, = number of i particles or aggregates, m >
Re = Reynolds number, dimensionless
S, = breakage rate (kernel) of k™ sized particles, s~
t = time, s
V = velocity, m s~

1

1

Greek letters

a
B

e
¢
bor

m

pS
Pr
p{lgg

()

. = suspension viscosity, N s m~

= collision capture efficiency (# collisions resulting in aggregation/
Tot. # collisions), [0,1]

= rate of collision between i and j sized particles (aggregation ker-
nel), m3s~!

= local turbulent energy dissipation rate per unit mass, m*s >

= solid volume fraction, [0,1]

= effective volume fraction, including aggregate porosity [0,1]

= maximum solid fraction

= density of the solid, calcite = 2710 kg m~

= suspension density, kg m >

= aggregate density, kg m

= density of liquid phase, water, kg m™

= viscosity, N s m™*

3

3

2

= fluid viscosity (no solid), N s m >

. = Breakage distribution function (number of k size particles produced

from the breakage of a I sized particle)
= effective flocculant surface coverage, kg m~
= concentration variation
initial concentration variation
= laminar shear rate, s~
kinematic viscosity, m?s~
= characteristic wavelength, m
= energy dissipation rate per unit volume, kg m~'s 3
= flocculant degradation [0,1]

2

1
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